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Abstract

Selective oxidation of-butane to maleic anhydride was studied using a tubular ceramic membrane reactor loaded with
a commercial VPO catalyst and under both-@h and butane-rich feed conditions. The study was carried out using a
configuration by which butane was fed to the inner tube (tube-side) where the catalyst was mountedhvaisdedl either
entirely to the outer tube (shell-side) or distributed in a certain ratio between the tube- and shell-sides with a variation of the
pressure difference across the membrae, It was observed that the use of a butane-rich feed under this configuration gives
a higher maleic anhydride yield and that batR values and the way feed,@vas distributed can have a significant effect on
the reaction rate. © 2000 Elsevier Science B.V. All rights reserved.
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1. Introduction nB, there is little risk of entering the flammable region
as the reaction proceeds [9].
Conversion ofn-butane (B) to maleic anhydride Recent development in the synthesis of ceramic

(MA) by means of VPO catalysts is a unique catalytic membranes has opened a new frontier for research and
reaction in terms of conversion of an alkane directly development of both existing and new industrial cat-
to an oxygenate [1]. The current industrial processes alytic processes. Applying membrane reactor technol-
are mostly operated using a feed containing 1-2% of ogy in combination with the use afB-rich feed to
nB in air in order to avoid the danger of operating thenB oxidation to MA represents one of these chal-
the process in the flammable region. Large volume lenges [8-11]. There are several advantages associated
of air (~80% of Np) goes through the process which with the use of membrane reactors over that of con-
by no means is economical [1-6]. Alternatively, an ventional reactors such as a fixed-bed reactor in terms
nB-rich stream can be used as feed and the reactionof controlling a reaction process. For instance, partial
is operated in the region above the upper flammable pressures of the reactants, such as those,afr@nB
limit of the nB and oxygen (@) mixture. This has  in the nB oxidation process, in the reaction zone can
been explored in some earlier works [7-9]. Since O be regulated to a certain extent by supplying one of the
is consumed faster during the butane oxidation than reactants through a properly selected membrane and
by proper selection of the operating parameters for the
"+ Corresponding author. Tekt353-61-202-684: reactor since the mass transfer through a membrane is
fax: +353-61-202-602. a function of the membrane permeability and selec-
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pressure difference across the membrax)( These membrane reactor in a furnace with temperature con-
parameters can be independently tuned to meet thetrol and an on-line sample analysis. The connecting
specific requirements of a reaction process and for alines were heated to above T@to avoid any possi-
given catalyst. Some of these considerations in rela- ble condensation of water ¢g&) and MA produced.
tion to thenB oxidation to MA have been discussed Several non-return valves and pressure relief valves
in our earlier works [9]. were also in place to ensure safe operation. The anal-
In this paper the results of our recent study on the ysis was performed with a Hewlett Packard 5890 I
catalytic oxidation ofnB to MA using a membrane  GC equipped with two 6-way sampling valves and
reactor are reported. The performance of a membranetwo columns (Carboxen 1000 and Paraplot Q). All the
reactor operated using aiB-rich feed is evaluated components in the gas streams before and after reac-
and compared with that using an-@ich feed. Various  tions were determined. Helium (He) was used as the
ways of introducing @ to the reactor and the effect internal standard to correct any volume change before
of the operation pressure across the membrane on theand after the reaction as well as any offset caused by
reaction rate and MA yield are also examined. variation of ambient temperature and pressure.
The catalyst was normally pre-treated, aged in the
reaction mixture at 40@ overnight prior to taking
2. Experimental experimental data. The data reported here are the av-
erage values of several samples taken under each set
A commercial a-Al203 membrane tube (T1.70, of conditions and are expressed as the rates,0b10
US Filter-SCT) of dimensiogin/¢oui=7/10 mm and butane consumption in units of mmotys1.
150mm long (enamelled 25mm at each end) was
used for this study. The membrane was modified with
zeolite prior to use to obtain a desired pore size dis- 3. Results and discussion
tribution, typical permeation rate being in the range
107 "-10"8mol (m?s Pay ! [12]. The membrane tube 3.1, Comparison of the performance of the
was mounted in a specially designed stainless steelmembrane reactor operated in a co-feed mode and
chamber acting as a membrane reactor which allowed that using different feeds
gases to be fed to the tube- and shell-sides in several
ways. The effluent gases from tube- and shell-sides  Fig 1 shows the results of8 and G consump-
could either be mixed or separate before being anal- tjon rates and Fig. 2 shows the corresponding MA

ysed. The operation pressure on the tube-side wassglectivity and yield as a function of the reaction
atmospheric and the pressure on the shell-side was

controlled to obtain the desired pressure differences 30 10
across the membrane. -+A- Oyfich

A commercial VPO catalyst supplied by DuPont 254 —&—nB-rich ls
Iberica S.A., Spain, was used for this study. The cat- = -0 Oyrich &, "
alyst was prepared using a method similar to that de- o 204 —#—nB-ich 'g
scribed in literature [13—14] had a BET surface area g > T° 2
of 10nm? g~ and was pre-activated in\at 750C. E T £
The powder-formed catalyst was pressed to disk, then 8 | *n I
crushed and sieved to obtain grains of sizes between o,
0.1 and 0.3 mm. To reduce the risk of hot-spot forma- 51 o \A"\» 12
tion in the catalyst bed during the reaction, the VPO 25y “
catalyst (2 g) was diluted with quartz grains (2 g) of 0 t t t 0
the same sizes. The mixture was packed in the inner 300 350 400 450 500

tube of the membrane. . Fig. 1. Rates ohB and G consumption fo, r,g) as a function
The test system consists of a set of mass flow of temperature using an @ich feed and amB-rich feed (see

controllers to deliver the required feed mixture, a text for the experimental conditions).
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- :4 & .Oprich ! MA selectivity was also different. In the case of us-
o —arBerich T2 ing Op-rich feed, the MA selectivity decreases con-
o3l .g--Oprch +0-8 2 tinuously as temperature increases; however, the MA
E sy —®—nB-rich +0.7 % yield with the use ofB-rich feed shows no sign of
E +06 @ decreasing at temperatures lower than°4QA sharp
24 405 g decrease in MA selectivity at high temperatures for
B S lo4 = thenB-rich feed was due to the fact thap @ the feed
§ lo3 was totally consumed at these temperatures which led
T ot lo2 to the cracking ohB to occur. These results demon-
”‘,j Lo strate clearly that under these test conditions, using an
0 l" . — 0 nB-rich feed is beneficial for the reactions concerned.

300 350 400 450 500

Temperature / °C 3.2. The effect of transmembrane pressure difference

on the reactor performance with various feed

Fig. 2. MA selectivity and yield as a function of temperature using compositions
an G-rich feed and amB-rich feed (see text for the experimental

conditions). When the gases are to be fed separately to tube-

and shell-sides, new operation parameters emerge. On
temperature using an Qich feed and amB-rich either side of the membrane, the feed volume flow, the
feed, respectively. Both the experiments were con- feed composition and operation pressures can be var-
ducted in the membrane reactor with all gases fed to ied. A systematic approach is required to determine
the tube-side only and with the inlet and outlet valves the effects of all these operation parameters. In this
of the shell-side fully closed (co-feed mode). This work we limit our experiments to certain fixed condi-
arrangement may have resulted in a small fraction tions that were to use a constant overall feed compo-
of the feed gas at the short distance after entering sition (O,/nB/CO/CQ/He=20%/15%/5%/55%/5%)
the tube-side slipping through the membrane to the and fixed volume flows for the tube-side feed
shell-side and then diffusing back to the tube-side (55mimin-t) and for the shell-side feed (45ml
before exiting the reactor because of the presencemin—1). For all the experiments totaB to be fed to
of a small pressure drop over the catalyst bed; how- the reactor (15mlminl) was fed to tube-side only;
ever, considering the fact that the pressure drop overthe & (a total feed rate of 20 ml mint), on the other
the catalyst bed was generally very small, being less hand, was either fed to shell-side alone or divided
than 3kPa, and that all other operating parametersinto two streams and fed separately to the shell-side
were kept the same (except the feed composition) and to the tube-side. The compositions of feed to the
during the experiments, the comparison may be re- tube-side and to the shell-side were therefore varied
garded as being valid for the conditions concerned. depending on how muchQwas fed to the tube-side
The feed volume flow was 100ml (STP) mih and how much to the shell-side. For each set of
in both cases; the feed compositions used were fixed feed compositions, the operation pressure on
02/NB/CO,/He=20%/2%/65%/13% for the £rich the shell-side was regulated so that a desired pressure
feed and @Q/nB/CO/CO,/He=20%/15%/5%/55%/5% difference across the membran&R) was obtained

for the nB-rich feed. and the rates ohB and G consumption and MA
With either feed, the rates oB and G consump- selectivity were measured.

tion increase as the reaction temperature increases, and Fig. 3 shows typical results of{xonsumption rates

so does the MA vyield. In the case of using-rich at various temperatures as a function of transmem-

feed, the rates afB and @ were levelled off at high brane pressure differencaP) with all Oy fed to the
temperatures because of the complete consumption ofshell-side only. (The data oB consumption rates and
the feed Q. It is seen that using thaB-rich feed MA vyield follow the same trend as that of,Cand
gives much higher rates ofB and G consumption are omitted here.) The values afP were calculated

as well as MA yield than using theQich feed. The based on the difference between the shell-side pres-
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the conversion levels increase.

10T Fig. 4 presents the results of the experiments with
5+ ‘___‘___,/ varying Q distribution between the tube-feed and the

25 —e—440°C stronger positive effect on the reaction rate than that
- of nB. This is what is happening here. WhexP
-"-'_ 20T rises, which is the driving force for the mass transport
o from the tube-side to shell-side, the partial pressure
g 15T of Oz on the tube-side is therefore increased, hence
£

roz

e——o—"""/——o shell-feed (only @ conversions are plotted here and
. . 4—F the same trend was observed f@ conversions and
0 0 2'0 4'0 6'0 8'0 160 120 MA yi_eld). Three different ways of _feeding LOwere
examined and compared, these beingt®@shell/ &
AP | kPa to tube=20/0, 15/5 and 10/10 mI mirt. When all the

. . . O, was fed to shell-side only (solid diamonds), an
Fig. 3. Rates of @ consumptionro, at various temperatures as . . . .
a function of the transmembrane pressure difference (see text for 'ncrease_ iNAP leads to an increase in the rates of O
the experimental conditions). conversions at all temperatures, the dependence of re-

action rates om\P being more pronounced at higher

sure and the average pressure in the catalyst bed on théemperatur_es. As W'th.thls feed arrangement, the O
tube-side. The pressure drop across catalyst bed varn the reaction zone relies completely on the rate f O
: oo . . . . supply from the shell-side, which is directly propor-
ied very little in these experiments, being typically in tional to the transmembrane pressure differend
the range 1-3kPa. The figure shows that the reactionAt higher temperatures the rafc)e o ®upply through
rates increase asP increases for this feed arrange- mem%rane bepcomes the rate limitin pagctor fo? the
ment. This observation is in line with the findings in a 9

. S overall conversion, thus a small increaseA® can
separate study of the reaction kinetics for the catalyst . . .
S o lead to a large increase in the overall rate of reaction.
used. In the kinetic studies, it was found that the rate

0 o
of reaction undenB-rich feed conditions can approx- When 25% of the total @was fed to thg tulbe side
. (open squares, £to shell/tube=15/5mlimin-), the
imately be expressed as .
dependence of reaction rate on thd appears to

r = kg pﬁ diminish at low temperatures; the,Qronsumption

2 nB rates also become higher for laaP than in the case
The values ofe and 8 vary with the feed compo-  of feeding all @ to the shell-side. This is mainly
sitions and operation conditions, being generally in due to the fact that a portion of Owas fed to the
the range of 0.5-1.0 and 0-0.5 with respect t9 O tube-side together with thaB which makes better
and nB, respectively. An increase of partial pressure use of the first part of the catalyst bed than in the
of Oz in the catalyst bed would therefore have a first case, especially wheAP is low. At high tem-

e O, tube/shell: 0/20 o O, tube/shell: 5/15 a O, tube/shell: 10/10 16 N
e
5 8 10 12 141 o
° o
2 s 120 _ e
g 4 o Qe @ 8T 101 4 a o A e
~. 2} * 6l "5 % a| sl 104

<4 °
T=380 °C T=400 °C T=420 °C . T=440 °Q
0 } 4 + 6 ' 8 }
0 50 100 O 50 100 0 50 100 O 50 100
AP AP AP AP

Fig. 4. & consumption rates for three different feed compositions as a functiaxPoéit temperatures between 380 and 420
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0 ==0< The use of a membrane in this context is noth-
2 ool +:§g g ing more than an @distributor. However, the work

jg ' '_‘:‘_'380 o reported here demonstrates that the performance of
9 a membrane reactor is affected by many parameters
g 081 M such as feed distribution between the tube- and the
<Et shell-sides of membrane and the operation pressures.
0.7+ The presence of these parameters along with others
such as membrane permeability and selectivity makes
0.6 — 4 membrane reactors more complicated than conven-
0 20 40 60 80 100 120 tional reactors such as a fixed-bed reactor, therefore re-
AP | kPa quires a more careful and systematic way to approach.

However, this also implies that process designers have
Fig. 5. MA selectivity at different temperatures as a function axtra freedoms in optimising the operation conditions
of thg transmembrane pressure difference (corresponding to the of a membrane reactor and in catalyst selection. Some
experiments as shown in Fig. 3). . .

parameters may be independently tuned for a given

catalytic reaction and for a given catalyst. A detailed
perature, however, the reaction proceeds faster, de-discussion of the use of membrane reactors and their
manding more @ than that already in the tube-feed advantages for the catalyticbutane oxidation to MA
plus that transferred through membrane at IR, reaction is given elsewhere [9].
an increase ofAP results in a rise of the overall
conversion rate. Whe\P is higher, the amount of
O; in the reaction mixture becomes in excess of that
demanded by the reaction and the rate of reaction
will then dictate the overall rate of conversion. When
half of the total Q is supplied through the tube-side
(O, to shell/tube=10/10 mImirr?, solid triangles),
the dependence of the,@onsumption rates onP
disappears completely. As the highest €énversion
achievable in this system is just a little more than 50%,
the initial O, feed to the tube-side plus that diffused
through the membrane from the shell-side will then
provide enough @required by the reaction, thus an
increase ofAP will no longer produce a positive in-
fluence on the reaction rate. The actual concentration
profiles in the catalyst bed may be very complicated,
because of the presence of multi-components diffus-
ing through the membrane into and out of the reaction
zone along with the complicated reaction kinetics.

In general, the selectivity to MA varies with the
reaction temperature becoming lower at higher tem-
peratures. In the case of feeding @ shell-side
only, the selectivity at a fixed temperature appears to
increase slightly as thaP increases. This is shown
in Fig. 5 (the MA selectivity data shown in this fig-
ure correspond to the experiments shown in Fig. 3). Acknowledgements
When the reactor was operated with the Being
fed to both the tube-side and the shell-side, there was The work is funded by EU Brite-Euram Program
very little change of MA selectivity values. under the contract No. BRPR-CT95-0046.

4, Conclusions

Catalytic oxidation ofn-butane to MA can be
achieved using membrane reactors by feeding
n-butane to the one side (tube) of membrane on which
a catalyst is mounted and adding @ the other side
(shell) and distributing @through the membrane to
the reaction zone. A comparative study with this con-
figuration and with the feed added to the tube-side
only shows that using a butane-rich feed gives better
conversions and MA yield than an@ich feed. For a
catalyst having positive dependence of the frtial
pressure in kinetics and the reaction is operated with a
butane-rich feed, the supply ob@o the reaction zone
is critical, which can be achieved either by increasing
the transmembrane pressureR) in the case of all @
being fed to the shell-side or by co-feeding a portion
of Oy together with butane to the tube-side. When all
the G is fed to the shell-side, MA selectivity was
found to increase slightly witiaP.
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